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ABSTRACT

A study was maode of unconventionel methods for con-
centrating the waste effiuents from desalination planis o
Sfacilitate their disposal. Several of these cauld find upplica-
tion as primary desalting processes, with the unique feature
that only very concentrated waste effluents are produced.

The methods reviewed include solvent extraction by par-
affinic fiydrocarbons ut high temperatures, solvent extrac-
tion by tertigry amines at ambient lemperatiires. various
lon exchange schemes, foam concentration, and other mis-
cellanabus processes. Preliminary fowsheets, material bal-
ances, and cost estimales were prepared-for these processes,
assuming various safine brires.

It was conciuded that ion exchange processes which in-
clude production or regenerants from the dissolved solids
affer the lowest costs of the merthods investigated for concen-
trating waste brines which contain less than abowr 7000
ppm total dissolved sofids. (TDS). Above that level solvent
extraction schemes are more economical,

INTRODUCTION

The U.S. Department of the Interior, Office of Saline
Water, has sponsored work in membrane desalination for
conversion of inland brackish waters w0 potable water.
This work has progressed to the point where cominercial
plants, are providing municipal and industrial water sup-
plies from brackish water sources. The problem of the
econamic disposal of concentrated effleents at these inland
locations is critical.

This report concludes a study by Garrett Research and’
Development Company into methods for concentration of
waste efluents from membrane desalting planfs to brines
containing 20% dissolved solids (Battey et al., 1971}, The
specific processes to be investigated were two-component
solvent extractien of salts, high temperature solvent ex-

traction of water, jon exchange and electrolysis, solvent
precipitation and foam concentration. Typical parameters
considered were processing characteristics, pre-treatment
and energy requirements, chernical consumption, materi-
als of construetion, and capital and operating costs of the
system. The systems proposed are independent of the de-
saiting plant; that is, the composition of the intermediate
effluent brine was not a variable under stady.

The above methods are not commonly used for concen-
trating saline brines. There are, however, several addi-
tional methiods of brine concentration which are more or
less common practice. Among these are electrodialysis,
reverse osmosis, freezing, distitlation, and solar evapora-
tion. The brine concentration methods which were studied
can, in some circemstances, be used for concentrating
brines for production of fresh water from saline brines and
for the production of chemicals as well as for the disposal
of waste saline brines.

The various processes considered were evaluated for
each of four saline brines. These brine compositions are
typical of inland saline brines and they are listed in Table
I. The processes were developed by first developing a pro-
cess flowsheet and material balances for cach brine. Capi-

TABLE ¢
Composition of Four 8rines

Chamicat
Constituerrt Mo, 1 No. 2 No. 3 Ng. 4

{p.pm}
Calcium 305 1,400 785 497
Magnesium 178 940 343 318
Sodium 265 3,400 1,126 3404
Potassium e N J— 29
Sulfate 2,320 2,580 3030 a.880
Chiaride 28 7880 1.870 B85
Bicarbonate 21 1,180 51 1,153
TDE. 3,246 12411 7,204 14468
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tal and operating costs were estimated for governmant
financed desalination prolects (30 year amortization and
4-5/89% interest rates). Fach material balance was based
on concentrating the brine to 20%: 1otal dissolved solids.

' HIGH TEMPERATURE SOLVENT
EXTRACTION

This process uses C-11 and C-12 paraffinic hydrocar-
bons to extract water from & saline brine. Al a temperature
of 630°F and 2,600 psig, the solubility of water in the
hydrocarbon is approximately 80 mole percent, while the
dissolved solids are practically insoluble in the hydrocar-
bon.

P. Barton and M. R. Fenske {1970} have conducted an
extensive investigation of the feasibility of solvent extrac-
tion of saline brines for desalination. They have concluded
that the process described above, using C-11 and C-12
hydrocarbons, appeared the most feasible and presented 2
design for a 10 mgd desalination planmt (Barton and
Fenske, 1970). This design is based on solubility data
(Guerrant, 1964) and liquid-sclids heat exchanger data
{Kopka, 1969). They concluded that sea water could be
converted to {resh water at a cost of about $1.00/1,000 gal.
of fresh water in their 10 mgd plant.

A one mgd waste brine disposal plant was designed
which is similar to the 10 mgd plant design (Barton and
Fenske, 1970). The ountput of the waste brine disposal
plant consists of brine {209 wt. dissolved solids) and fresh
water {120 ppm dissolved solids, 12 ppm dissolved hydro-
carbons),

The plant utilizes raining solids heat exchangers of the
type designed by Barton and Fenske. The spherical
alumina solids (3/8 in. dia.) are fed through the exchang-
ers by gravity and elevated by entrainment with a liquid.
The plant being considered uses four of these exchanger
pairs. Figure 1 is a diagram of the plant considered.

The total instatled cost of all equipment is given in
Table IL. Equpment costs are prasented for units to pro-
cess brines 1 and 2. Table IT also includes an iemization
of the cost of the brine disposal. Operating costs, labor,
and amortization are included. The product fresh water
may be sold for 30¢/1,000 gal. The resulting cost of the
brine disposal will then be $1.15-%$1.15/1,000 gal. If this
is to be considered as a process for producing fresh water
from & brine, the cost of the fresh warer would be
$1.48/1,000 gal. if produced from brine 1 and $1.60 if
produced from brine 2.

The cost of disposing of brine 1 15 nearly cqual to the
cost of disposing of brine 2. Since brines 3 and 4 have
dissolved solids concentrations which lie between those of
1 and 2, it may be assumed that the cost of disposing of
brines 3 and 4 will lie between $1.15 and $1.19/1,000 gal,
of brine.

The cost of concentrating ar effluent brine by high

s50°r
PHASE SEPARATOR
EXTRACTOR f~—~:} ;
plg =i S ; J
MAKEUP  WAKE UP - z'h
HEA HEAT - R
~fHEAT - Hea R S 2800
o - Ps:
' FEED HEATERS
E'-"E‘S;
S

" e

440" )

TURBINE 1 pup

L L} N!‘ 1&5 it“
r——”i__..l. -

._w . m |

|-=_D Ejl e

FEEE wEATERS! | | DESALTED 1
£~‘r;t~u! a4 R 080

WATER COOLER (1]

A

tuhgtﬁ.g_ ’%w TYRILINE zé

“.: ...:} — 1
I I e
CONCENTRATED : L TED
" <‘r3..— X 1 ,...H“:;.
2% L Deaal gy eea v NEE%
MAKEUE | DEAERATOR
_ SOLYENY 7
Ffé? P22
70

Figurs 1. Scnamatic flow disgram of the hsgh temparatire solvent
extracnon Process.

TABLE 1l
High temparature saivent extraction equipmrent gnd Qoersting costs
Equipment Costs Brine #1 Brine 2
Principle Herms of Eguipment R
intstatled) $1,343,000 $1,362.000

Tatat Plant {nvestment $3,296,000 $3,342,000
Working Capital

rking Lapia $ 95,000 $ 96,000

{60 days of operanon}

Startup Capital
{30 dtays of operation} ¥ 48,000 $ 48,000

investment Cost/gpd of

Disposal Components 3 a1 $ 314
Operaiing Costs Per Stream Day
Fuel and Paower 3 41700 -] 414,00
Amortization $ 622.00 $ 831.00
Crthar Operating Costs $ 57000 % 577.00
Tatal Costs 1 160200 % 1,622.00

Cradit for Fresh Watdr
{30¢ /1000 gal }
Cast Per 1000 gal. of
Waste Brina

{s 327.00) (% 304.00)

$ 1.1% & 118

Basis: 1,000,800 gnd, 0.9 Stream Factor Costs a3 of Seprember 1570

temperature sclvent extraction is relatively independent of
the composition of the brine. Since this process results in
a potable water product, it may be used directly for desali-
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nation of saline water as well as for concentrating the
effuent of other desalting planis.

LOW TEMPERATURE SOLVENT
EXTRACTION

The salvent exrraction of water from a saline brine at
ambient temperature has been investigated for possible use
in desalination by Heod, Davidson, and others at Texas
A&M College (Giona, 1964; Hood and Davison, 1960}.
These investigators concluded that tertiary amines had a
potential for use in desalination by sclvent extraction (Da-
vison et al., 1960, 1966; Texas A&M, 1961). Imtial eco-
nomic evaluations indicated that solvent extraction at or
near ambicnt temperature was competitive with other
types of desalination.

A pilot plant investigation was completed in 1967 with
the conclusion that the process operated satisfactoniy al-
though solvent losses were high. A subsequent laboratory
investigation of solvent losses indicated that these could be
kept below 119 /yr. {Davison et. al., 1968). Typical con-
ditions investigated in the pilot plant study were: Feed
water contaiping 4,000 to 9,000 ppm salt, concentrated
brines of 1.5 to 8% salt, product water of 10 1o 600 ppm
salt, extract water content of 30%, and recyveled solvent
of about 6% water.

The Texas A&M low temperature solvent extraction
process possibly may he used to concentrate effluent brines
to 209 by weight total dissovled solids { TDS). Their pilot
plant operations resulted in a maximum rafinate concen-
tration of 8% TDS: however, higher concentrations may
be possible. Figure 2 is.a diagram of the low temperature
sobvent catracticns process. Water is relatively scinbie in
the amine at 91°F and relatively insoluble at 140°F.

The extractant containing a considerable amount of
water leaves the extraction column and flows through the
heat exchange system in two streams. One exchanges beat
with stripped solvent, and the other with separuted water.
The extractant is further heated to the separation temper-
ature of 140°F. Stripped sclvent is cooled by extract and
then by cooling water back to 91.4°F and fed to the extrac-
tion column. Water from the high temperature phase sep-
arator flows through the extraction reflux.

The equilibrium data obtained by the Texas A&M in-
vestigators indicate that for brine I, seven theoretical
stages are necessary for the countercurrent extraction. It
is not known how accurate the equilibrium data are at
high salt concentrations.

The process in Figure 2 includes a furnace to heat
water. Tn an actual operation, a more inexpensive heat
source may be found since heat is required at a low tem-
perature {140°F). [n addition, cooling water is used to
remove heat from*the system. The entire process may be
made to operate at a higher or fower temnperature by vary-
ing the composition of the amine solvent. The process
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Figure 2. Schematic flow diagram of the low temparature solvant
axgraction process,

llustrated in Figure 2 contains a solvent which is half
methyldiethylamine and half triethylamine.

A material balance and cost estimate was made for
brine | only. The feed contains 3,243 ppm TDS, the prod-
uct water 300 ppm TDS, and the concentrated waste 200,-
000 ppm TDS. The outlet stream contains less than 1.0
ppm dissolved amines.

The Principle Htem of Equipment casts listed in Table
Ii1 are based on published cost data for heat exchangers,
extraction columns, ete. These costs have been updated to
Septemnber, 1970

The operating costs are also kisted in Table III. Because
heat is required at the low temperature of 140°F, a furnace
efficiency of 100% is assumed. Solvent Josses are assumed
to be 11%/yr. of the 273,000 ib. inventory {50#/1b.} and
cooling water was charged at a rate of 1.5¢/1,000 gal
Approximately 15% of the product water is used as
makeup for the cooling system.

The cost of disposing of 1,000 gal. of brine | is $1.16.

TABLE ih
Lew mempereture solvent axtraction equipment and operating casts
Equipmett Costy

Principle items of Equiprment tinstatted) %1,049,000
Tatal Plant Investment $2.764,000
Startup and Working Capirat $ 140,000
investment Cost/spd of Disposal Capacity 3 251
Oparating Sosts Par Stream Day

Fuet and Power % 424.00
Amuortizatian g 486.00
Othar Operating Costs $ 652,00
Totat Operating Costs % 157200
Credit for Frash Water $ 284001
Dispesal Cost Par 1000 gat, of Waste Brine 3 1.1&

Basis: 1,000,000 gnd, 0.9 Stream Factor, Brine No. 1.
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The cost of disposing of brines 2, 3, and 4 could be ex-
pected o be slightly higher as was the case with high
temperature solvent extraction. The higher cost for these
brines would result largely from a smaller credit for pota-
bl water.

ION EXCHANGE PROCESSES

Preliminary cost estimates for three methods of con-
centrating saline brines using ion exchange were com-
pleted. Since high chemical costs usually prohibit the use
of ion exchange on water with more than 1,000 ppm TDS,
it was decided to incorporate into the designs methods for
producing severat of the reguired chemicals. The raw ma-
terials used for the production of these reguired chemicals
in certain cases may be removed from the saline brine
being concentrated. This concept ntilizes the value of the
dissoived solids present in the saline brine. The value of
waste brines has been discussed by vartous authors {Leis-
erson and Scott, 196%; Neuman, 1967, Sahtsky, 19635,
1966; Christensen et al, 1967; Tallmadge, 1964}. They
concluded that sea water and other brines possessed dis-
solved solids of sufficient value to warrant their recovery.

Dissolved calcium and magnesium are commonly re-
moaved from solution by the addition of lime and soda ash
which results in the precipitation of calcium and mag-
nesium compounds. This may be done under hot or cold
conditions and is represented by the following series of
reactions:

Cat* 4 2 (HCO,; + Ca (OH), — 2CaCO, +
2H,0

Mgtt + 2 (HCO3) + 2Ca (OH); — Mg(QOH);
+ 2CaC0; + 2H,0

Mg** + Ca(OH); —* Mg(OH), + Ca™
Catt + Na,CO; = CaCO; + 2Nat (1)

It is evident that this procedure (lime soda softening) does
not reduce the equivalent quaniity of dissolved solids;
however, it is commonty done to remeve hardness (e,
multivalent cations}. It also is evident that this is an experni-
sive process since at least stoichiomerric quantities of lime
and soda ash must be added.

Ion exchange is a process which uses an insoluble resin
which bonds chemically with cations in the case of cation
exchange resins, or with anions in the case of base ex-
change resins. A typical reaction for cation exchange resin
would be:

RH+CA —RC +HA (2)
where C represents a cation, A represents an anion, and
R the resin. In the above case, the acidic resin is intro-

duced into a solution of dissolved salts; the solution
becomes acidic and the resin bonds (0 the cations. The

above reaction will occur at a certain kinetic rate and
reach an equilibrivm. By using countercurrent flow of the
sofution and the resin, the saturation limits may be closely
approached.

A combination of cation and basic resins may be used
to completely deionize water. This is normally done by
first subjecting the solution to the above acidifying ex-
change. This is followed by a basic exchange:

ROH + HA —? RA + H,0 (3)

Thus, water may be exchanged for a dissolved salt {Breg-
man and Shackeford, 1969). In the above cases, the resins
are subjected to the reverse reactions for regeneration.

The hydrochloric acid and caustic soda required for
regeneration of deionization resins may be produced elec-
mrolytically from sodinm chloride by the following reac-
tion:

INaCl + 2H,0 — 2Na0H + H; + Cl 4)

This reaction is usually accomplished with concentrated
brines in either a dizphragm cell or a mercury cell.

The hydroger and chlorine gases may be bumed and
dissolved in water to produce a hydrochioric acid solution
for ton exchange regeneration.

This method of producing caustic soda and hydro-
chioric acid has been suggested (Blanco et al, 1967) for
remaving calcium from the feed of a multistage Bash dis-
tillation plant. Carbonated caustic soda is added to the
feed to precipitate calcium carbonate. The hydrochionic
acid is added to return the pH to 7.0; excess hvdrogen and
chlorine are to be sold. The sodium chloride is prepared
from the effluent of the desalting plant.

The Bureau of Mines has developed a process for re-
moving sulfate salis from saline brines (George et al,
1967}, This process was suggested as a means of producing
sulfur and soda ash from Great Salt Lake brines. A bari-
urn-sodiim ion exchange is used to replace cations in the
solution with barium. The barium then precipitates as
barium suifate. The sulfate is mixed with coke (fow cost
coke with a high sulfur content possibly may he used),
dried, pelletized, and roasted. The roasting produces
barium suifide which is leached 1o form a solution of
barinm hydroxide and barinn hydrosulfide. This sclution
then is used to regenerate the ion exchange resin. The
efffuent sodium hydroxide and sodium hydrosulfide are
carbonated to vield hydrogen sulfide and sodium bicar-
honate. The hydrogen sulfide s burned to sulur or suifu-
ric acid and the bicarbonare is calcined o yield soda ash.
The above process may be represented by the following:

NS0, + BaR, — BaSO, + 2NaR
BaSO, + 2C — Ba$ + 200,
2BaS + 2H,0 — Ba(OH); + Ba(HS),

T T L ———

A A g 4 T A e ALt et



Novel Methods of 8rina Concentration

BafOH), + Ba(HS}, + 4NaR ¥ 2HaR, + INa-
OH + INaHS$

NaOH + NaHS + 2C0, + H,0 > H,S + 2Na-
HCO;

INzHCO; = Na,C0; + CO, + H,0
HS + 1720, = § + H,0 (5)

‘The preceding four processes (lime soda water soften-
ing, coventional dual-bed deionization, slectrolytic pro-
duction of caustic soda and hydrochloric acid, and
desuifation with barium ion exchange) have been com-
bined into three methods for concentrating desalting plant
efffeents. Pescriptions of those methods follow.

Lime sodz water softening with desulfation

The process diagrammed in Figure 3 consumes lime
and soda ash to produce a shndge of magnesium hydroxide
and caleiumn carbonate. Precipitation of barium sulfate re-
moves the sulfate lons while the chloride ions remain in
the product water. The potassium is removed during the
carbonation of the sodium hydroxide and sodium hy-
drosulfide since the potassium bicarbonate does not pre-
cipttate while approximately 60%: of the sodium
bicarhonate does.

This method does not remove chloride ions, It is evi-
dent that the product water produced from brines 2 or 3
is too saline to be classed as potable water. However,
brines | and 4 are under the imit of 500 ppm total dis-
solved solids required for potable water.

The use of barium ion exchange for the treatment of
potable water is not recompiended and in all cases, the
barium concentration in potable water shoukd be below
1.0 ppm. A small amount of the feed is by-passed to the
product water to provide an excess of sulfate rons. This
will insure that the barium concentration is well below 1.0
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Figure 3. Diagram of grocess for chemicel concenwation of brine
using hime soeda weter softening and BaS0y preeipitation.
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A preliminary cost estimate was made based on the
Bureau of Mines cost estimates for desnlfation. Credit is
given for the sale of water at 30¢ per 1,000 gal. and for the
sale of sulfur and sode ash. No charge was allowed for the
disposal of the concentrated waste streams. The calcium
carbonate—magnesium hydroxide sludge is about 15%
entrained solds. The waste brine from the carbonation
tower will be more concentrated than 209 TDS.

The resulting capital and operating costs for brines 1
and 4 are listed in Table IV. The disposal costs for these
two brines are $0.21 and $0.34 per [,O0O pgal. of feed
respectively.

Coaventional deionization with caustic soda and
hydrochloric acid regeneration

The process diagrammed in Figure 4 uses conventional
dual-bed deionization to prodoce polable water. The ion
exchange resins are regenerated with hydrochloric acid
and caustic soda which are produced electrochemically
from sodium chloride. The sedium chioride 15 obtained
{from the waste regenerants by a purification process which
is essentially the water sofiening-desulfation method pre-
viously discussed. However, in this case, the water soften-
ing and desulfation are done on the concentrated
regenerant stream rather than the dilute feed stream. This
purification s necessary to remove caletum, magnesium,
and suifate iens which interfere with the operation of the
diaphragm cell,

Brines 1 and 4 were not considered for this process

TABLE IV

Lime soda sofening and Ba30, precipifation squipment and
operating costs

Equigment Coste Brine #1 Brine 1
Tetal Flart investment $1,031,000 $2,041 000
Working Copital and

Startup Costs $ 53,000 $ 126,000
{nvestment Cost/opd af

Bispasal Capac:ty 3 98 3 195
Operating Casts Per Stream Day
fFuet and Powar E 2800 8 114.00
Chemicals & 183.00 3 506.00
Amartization 3 185.00 1 385,00
Othar Costs % 186.G0 $ 395.00

% 5B2.00 $ 1,399.00

Sale of Product Water : .

) - {$ 328.00 321.004

{304 /1000 gal } Pow
Sate of Sulfur [$%/tan) % 27 .00 3 103.00)
Sale of Soda Ash i$31/1on) — % 598,00}
Dhsgosal Cost Per 100K $ 21 § 24

gat, of Wasts Brine
Basis: 1,000,000 apd, 0.9 Stream Factor
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Figura 4, Diagram of process for brine concentration using dioniza-
tiant with HCl and NaQH regeneration,

since they may be economically concentrated by the lime-
soda water softening-desulfation method. However, mate-
rial balances and cost estimates were prepared for brines
2 and 3. Again, credit is given for the sale of product water
and sulfor, with no charge for disposal of concentrated
waste streams. The capital and operating cost estimates
presented in Table V indicate that the disposal costs wiil
be $5.06 and $2.31 per 1,000 gal. of feed, for brines 2 and
i

In gereral, hydrochioric acid is not used for fon ex-
change regeneration since it is much more expensive than
the more commoniy used sulfuric acid. For this reason,
the above method was modified to include the production
of sulfuric acid from sulfur,

TABLE Vv

Peiopizetion with M| and NaOH regeneration  equspment
and opurating costs '

Equiprent Costs Brine #2 Brina #3
Total Plant investment 510,296,000 $5,477,000
Working Capital and $ 632,000 $ 261,000
Startup Costs
tnves‘tmem Cosu’g:pd of $ 9.74 $ 516
Disposal Capecity
Oparating Costs Per Stream Day
Fuel and Power $ 984.00 3 421.G4
Cheminais % 1,114.0G 3 506,00
Amortization $ 1,944 GG $ 1,034.00
Cher Costs $ 1,833.00 3 3000
Total Costs % 6.876.00 & 2.831.00
Credit for Fresh Water % 33300 % 333.00%
Credit for Sale of Sulfur % 1900 $ 28 .00
Cost of Disposat g 5.06 g 2.31

Par 1,000 gallons
Basis: 1,000,000 gpd, 0.9 Sweam Factor

o T N v
T

Figurs &, Diagram of pracass for hrine coneentration using dicnize-
tion with Hy 5304 and MNasC0q regeneration.

Conventional deionization with sulfuric acid and soda
ash regeneration

The process iHustrated in Figure 5 is similar to the
previous process. However, in this case, the ion exchange
resins are regenerated with soda ash and sulfuric acid. The
sulfate ions are removed from the waste regenerant stream
by the desulfation process. The selfur product is converted
to suifuric acid which is used for the regeneration of the
cation exchange resin {excess sulfuric acid is sold). The
soda ash produced is used to precipitate calcinm and mag-
nesium and to regenerate the weak base ion exchange
resin. Additional soda ash is required. Aeration of the
product water is required to remove dissolved carbon di-
oxide. Additional lime nentralization may be required to
remove the last traces of this dissoived gas.

For convenience, the sulfuric acid production and capi-
tal costs were itemized separately in the operating and
capital cost estimates. Credit was allowed for the sale of
product water ar 30¢ per 1,000 gal. and for the sale of
sulfuric acid. Table VI contains the resulting capital and
operating cost estimates, The disposal cost of brines 2 and
3 wili be $3.16 and 31.38 per 1,000 gal of feed.

MISCELLANEOUS PROCESSES

Foani concentration

Ions can be removed from a solution by use of ion
adsorption on the surface of bubbles. Gas is bubbied up
through a vertical column containing a surface-active lig-
uid solution and relatively stable bubbles are formed. The
solute is adsorbed on the snrfaces of the rising bubbles and
carried upwards to the top of the column where the bub-
bles break, releasing the sotute and surfactant.

A foam fractionation column can be operated in several
modes (Lemlich, 1968). For the large changes in concen-
tration reguired in a brine disposal process (greater than

L e e A R =y
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TABLE Vi
Dejonization with Ha 804 and Nag CO 5 regensration
Equipment Gosts Brine #2 Bring 33
Tots! Plant Investment 43,013,000 $2.127,000
Waorking Capital ang
W]
Startup Costs $ 303000 $ 157,000
1nve§1mant Castiggd. of $ 248 $ 206
Disposal Capacity
Operating Costs Par Stream Day
Fugl and Power $ 208.00 $ 112.80
Chemigals $ 2,067.00 3 938.00
Amortizatian $ 569 .00 s &02.00
Othar Costs 5 1,422.08 3 934,00
Total Costs ¥ 4,266.00 & 2.386.00
Credit for Sate of Water % 333.00} i a33.001
Sale of Sulturic Acid
(35700} % 424,00 $ 525.00}
Cost Per 1,00kl ga!. . $ 218 § 1.38

of Waste Brine
Basis: 1,000,000 gpd Average Feed Bate

20% TDS in the concentrated brine and less than 500 ppm
TDS in the potable water) a column combining entiching
and stripping sections would be used. Figure 6 shows suck
a fractionation column where the feed enters midway in
the column and reflux, concentrated in solute, is returned
to the top. Stripped Water is withdrawn from the bottom
pool. Air is introduced into the pool to generate the foam.
Suffictent surfactant is added 1o the pool to maintain the
foam thronghout the column,

OVERFLOW FOAM
. BREAKER
TN
REFLUX NET
OVERHEAD
.~ FOAM
e
FEED ——
LIGUID -, [
POOL = BOYTTOMS

AR

Figure G. Diagrarn of ¢olumn far brine concenwration using fosm
fractionation.
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Investigators of foam-ion removal have, to date, been
interested only in the remaval of a particular ion from a
solution and have not been concerned about the ion dis-
placed from the surfactant molecule that remains in the
solution after the exchange occurs. If the removal of all
ions from solution were the aim, then only hydrogen or
hydroxyl ions may be exchanged for the ynwanted ions,
Most investigators {Bikerman, 1970} use the salts of sur-
factants since they are more soluble, more available and
expensive, This means that there is little or no data avail-
able for process design of a possible brine concentration
method.

The procedure deseribed by Lemlich {1968} was used
to estimate the required air rates. For the most dilute brine
approximately $28/1000 gal. would be required for com-
pressar power costs alone. Air rates and power costs such
as these are completely unreasonable for further consider-
atton. Foam concentration is suited only for removing
refatively small amounts of inorganic contaminants, and
seems 10 be particularly suited to the selective concentra-
tion of specific ionic species.

Solvent precipitation and extraction of saits

Une interpretation of the term “solvent precipitation”
is the addition of another component {a solvent) to a brine
system to result in the precipitation of some of the dis-
solved solids. This has been applied ta nearly saturated
brines for selective removal of Na, SOy (Gaska and Goode-
nough, 1966}, but it is not suitable for concentration of
brines in the 3,000 to 17,000 ppm TDS range.

Work (Davis and Grinstead, 1970) on mixed ionic (or
two-component) extraction systems for by-product recov-
ery from brines has led to the conclusion that these sys-
tems primanly separaie rather than concentrafe ionic
species. Additionally, moderate amounts of fresh water
are required for stripping, and this decreases the attrac-
tiveness for areas where desalination is employed. Chemi-
cal stripping, or regeneration, offers the promise of better
process economics and is currently being investigated by
others. :

The use of chelation as a means of removing ions from
sea water was reviewed (Leacy, 1961}, Methods considered
inchuded using a water scluble chelating agent to form
salvept-extractable chelares and using a water-imemiscible
liguid chelating agent. Because of the very high price of
chelating agents and reasonable estimates of losses, these
methods were judged uneconomical.

Other processes

A considerable amount of work has been reported on
electrically induced adsorption on carbon electrodes
(Evans and Hamilton, 1966, Murphy and Tucker, 1966).
Other investigators have classified this process as a type of
ion exchange (Accomazzo, 196%: Evans et al., 1969). This
involves the migration of ions 1o ususlly porous carboa
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elecrrodes under the influence of a diveet current electric
field. Periodically the polanity is reversed and Na(l is
desorped into the water flowing through the cell. Difficul-
tics have been encountered particularly with electrode ma-
terials having the proper degree of parosity and electrical
conductance. In addition, the process appears capable
enly of small concentration changes in quite dilute brines.
Methods such as magnetic field separation (Gilliland,
1967, differential redox desalination {Onstott, 1964), and
thermal diffusion (Shinnar and Passy, 1963) are at a very
carly stage of development. That is, little more than a
possible phenomenon has been demonstrated. More ex-
perimental work is necessary to demonstrate any applica-
bility to brine concentration, and these could not be
considered even for preliminary economic analysis.

CONCLUSIONS

1. The ion exchange processes, which include produac-
tion of regenerants from the dissolved solids, offer the
lowest costs of the methods investigated for concentrating
desalting plant effluents below about 7,000 ppm TDS.
Above that level solvent extraction i more economical,
See Figure 7.

2. The cost of concentrating a brine by ion exchange
depends on the composition of the brine with respect to
both total dissolved solids and chemical makeup. In gen-
eral, a brine with 2 higher dissolved solids content will
require a higher disposal cost,

3. The cost of brine concentration by both solvent ex-
traction methods is refatively independent of the composi-
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Figure 7. Comparative brire disposal cost.

tion of the brine. Therefore, these methods are more
advantageous for processing more concentrated brines,

4. The ion exchange and sofvent extraction processes
considered all produce potable water and thus may be
considered as direct desalination processes.

5. The softening-desulfating ion exchange process is
capabie of producing potable water from a low chloride
brine on a mgd scale at a cost of 50-65¢/1,000 gal.

LCanversion Factors

English Matris
Psi 0,6703 Kg/om*
£1.06/1000 gat. $0.264 2/m?
1,008 500 gal/day 3785 m *fday
Tan 0.9072 tans {matric)
inch 254 e,
[=3 i

o o F — 32°F
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